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Abstract

A monolithic cocurrent downflow contactor (CDC) reactor was used for the palladium catalysed liquid phase hydro-
genation of 2-butyne-1,4-diol (B) tocis-2-butene-1,4-diol (C) in the temperature range 293–333 K and in the pressure
range 102–304 kPa. Its performance was compared with a slurry CDC reactor and a stirred tank reactor (STR). Appar-
ent energy of activation (46–54.5 kJ/mol) and transport calculations indicated the reaction was surface rate controlled. A
Langmuir–Hinshelwood mechanism was used to model the reaction. A good agreement was found between the rates from
the model and the experimental rates. Selectivity to the product C was significantly greater for the monolith and slurry CDC
(0.980–0.993) compared with the STR (0.90–0.95) at conversions of B approaching 100%. It was concluded that the monolith
CDC possesses a performance comparable with the slurry CDC particularly in the selective production of C, but has the added
advantage of allowing easy catalyst separation.
© 2003 Elsevier Science B.V. All rights reserved.
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1. Introduction

The selective hydrogenation of 2-butyne-1,4-diol
(B) to cis-2-butene-1,4-diol (C) has been studied for
long time since (C) is an important intermediate in the
production of endosulfan (insecticide) and Vitamins
A and B6. Scheme 1depicts the possible products ob-
tained by the hydrogenation of B[1,2].

Various studies regarding the selective hydrogena-
tion of B to C over palladium catalysts have been
usually performed in stirred reactors[3–6] and in-
clude kinetic and selectivity studies. Modelling has
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been based on a dual-site Langmuir–Hinshelwood
mechanism usually with evidence of significant inhi-
bition by the alkyne (B)[4,6], along with a significant
range of selectivities to the olefin (C), even with pal-
ladium. Scale-up in stirred tank reactors (STRs) from
bench-scale to industrial scale, while theoretically
possible is practically unattainable because power
requirements rule out high stirring speeds, leading to
increased mass transport resistances.

Intensified mass transfer can be achieved by use of
eductor type systems. One such device is the cocur-
rent downflow contactor (CDC) reactor[7–9]. The
CDC exploits a simple orifice based eductor to cre-
ate a dense, stable gas–liquid dispersion. It has been
reported[7–9] that the CDC, either in slurry or fixed
bed mode, is a device that can be operated with high
gas-hold-up (0.4–0.5) and high mass transfer effi-
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Nomenclature

ap external particle area (m2)
A1 mass transfer area form gas plug to

wall via film (m2)
A2 mass transfer area form liquid plug

to wall (m2)
A3 mass transfer area form gas plug

to liquid plug (m2)
B 2-butyne-1,4-diol
C 2-butene-1,4-diol
Ca capillary number= UbµL/σ

CB 2-butyne-1,4-diol concentration
CH2 bulk liquid phase hydrogen

concentration (kmol/m3)
CH2,S surface concentration of

hydrogen (kmol/m3)
C∗

H2
equilibrium liquid phase hydrogen
concentration (kmol/m3)

dh cross-sectional channel area/wetted
perimeter (m)

dp particle diameter
DH2 diffusion coefficient for H2 (m2/s)
FL liquid flow-rate (m3/s)
gcat mass catalyst (g or kg)
k overall rate constant
kr reaction rate constant

((m3)2/(kmol kgPds))
kSL liquid–solid mass transfer coefficient
k1 mass transfer coefficient

(gas to wall via film) (m/s)
k2 liquid–solid mass transfer coefficient

(liquid plug to wall) (m/s)
KH, KB adsorption coefficients respectively

for H2 and B (m3/kmol)
N molar flux (kmol/(m2 s))
Rep, ReL particle, liquid Reynolds number
R1 reaction rate for 2-butyne-1,4-diol

hydrogenation (kmol H2/(m3 s))
S selectivity to 2-butene-1,4-diol
Sc Schmidt number= µl/ρlDH2

Sh Sherwood number
Ub bubble velocity in monolith

channel (m/s)
Uls liquid velocity in monolith

channel (m/s)

W velocity ratio for fraction of liquid
deposited on walls= (Ub − vls)/

Ub = 0.05
XLS % liquid–solid transport resistance

Greek letters
δf film thickness (m)
µL liquid viscosity (kg/(m s))
σ surface tension (N/m)

ciency that can give negligible transport resistances
(<4%) with improved selectivity and is process in-
tensive[10].

Honeycomb monoliths are structures consisting of
straight and uniform channels that can serve as catalyst
support in fixed bed reactors. Monolith catalysts were
confined for a long time to application in gas–solid
processes, mainly to the area of exhaust gas purifi-
cation. Since the introduction of the monolith multi-
phase reactor several investigations have been accom-
plished in order to increase the utilisation of mono-
lithic structures as catalyst support in multiphase re-
actions, mainly in processes like hydrogenation and
oxidation. Although these catalysts have been shown
to possess distinct advantages due to low pressure
drop, easy scale-up and improved mass transfer resis-
tance[11,12], their use is not widespread. This paper
presents comparable data for CDC operation in slurry,
fixed bed and monolith mode as well as a STR. It
demonstrates that the monolith CDC reactor is an ad-
vantageous alternative to the slurry CDC reactor and
STR.

2. Experimental methods

2.1. Equipment

(a) CDC reactor: the operation and schematic reactor
diagrams have been reported elsewhere[9], but
Fig. 1 shows the schematic of the CDC reactors.
The total volume of the system was 0.01 m3.
Liquid flow-rates were in the range 0.50–1.00×
10−4 m3/s (slurry CDC) and 1.00–1.50 ×
10−4 m3/s (monolith CDC). The reactors could be
operated in the temperature range 293–333 K and
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Scheme 1. Reaction network for 2-butyne-1,4-diol hydrogenation.

in the pressure range 152–304 kPa. Hydrogen was
supplied via a hydrogen control unit connected to
a chart recorder, which monitored and recorded
the consumption of hydrogen with time. From the
resulting data graph it was possible to determine
the slope of the hydrogen consumption plot during
the initial 10% conversion of 2-butyne-1,4-diol.
The hydrogen was supplied at a rate sufficient to
keep a constant dispersion height in the case of
monolith and slurry CDC reactors and to maintain
the operating pressure in the STR at a set value.

(b) Stirred tank reactors: atmospheric pressure studies
were carried out in a STR of volume 0.5×10−3 m3

liquid capacity, fitted with four baffles and a
single stage six blade turbine impeller. Higher

Fig. 1. CDC reactors: (a) Slurry; (b) monolith.

pressure studies were performed in a Baskerville
0.5×10−3 m3 autoclave, fitted with a magnetically
driven stirrer comprising four 45◦ pitch blades
and four baffles. Hydrogen supply and control was
similar to that for the CDC reactors. These were
operated in the temperature range 288–333 K with
stirring speeds in the range 0–1400 rpm.

2.2. Catalysts

(a) Pd/monolith catalyst: the catalyst was prepared
by impregnation of an�-Al2O3 wash-coated
cordierite monolith (Johnson–Matthey plc) using
sodium tetracholoropallalite solution. The main
properties are given inTable 1. After impreg-
nation and drying, the monolith was calcined at
573 K for 12 h and after cooling was installed and
reduced in H2O in the reactor, using hydrogen.

(b) Pd/charcoal powder catalyst (5% (w/w) Pd nom-
inal): the catalyst was a Johnson–Matthey plc Pd/

Table 1
Characteristics of the Pd–monolith catalyst

Property Parameter value

Pd content (%, w/w) 0.35 (1 wt.% wash-coat)
Wash-coat (%, w/w) 36
Mass Pd/monolith (kg) 2.2068× 10−3

Bed length (m) 15.24× 10−2

Bed diameter (m) 9.3× 10−2

Cell density (cells/m2) 62 × 104

Wall thickness (m) 0.018× 10−2

Voidage 0.7
External area (m2 m−3) 2690
Pore diameter (m) 3.2× 10−6
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Table 2
Pd/C-Type 37 characteristics

Metal content (%, w/w) Metal area (m2/kg) Mean particle size (�m) Density (kg/m3) External surface area (m2/kg)

4.89 1.39× 104 19 2.15× 103 150

C-Type 37 with the characteristics given inTable 2
and with metal deposited on the exterior surface.

2.3. Product analysis

Product analysis was carried out by gas chromatog-
raphy using a Cambridge-Ai-Model 94 instrument, fit-
ted with a FID detector and a 30 m× 0.25 mm id
DB-wax column.

2.4. Reaction solvents

In the CDC glass reactors employed, to use wa-
ter with small bubbles required a high inlet velocity,
low column velocity and unacceptable working pres-
sure (>304 kPa), which was unsafe; water can be used
in equipment capable of safe operation at pressures
>406 kPa. Reaction solvents were H2O and for the
monolithic reactor a binary solvent comprising 30%
(v/v) 2PrOH in H2O (M) was used, giving a bubble
size of 3.0 mm, and similar selectivity to water.

2.5. Residence time distribution (RTD)

Under reaction conditions, liquid RTD was deter-
mined by injecting a pulse of tracer solution (KCl)
into the monolith CDC reactor and conductivity pro-
file was obtained by a probe and data acquisition sys-
tem. Injection and detection points were respectively
1 cm above and below the monolith block. The con-
ductivity profile was linearly correlated to KCl con-
centration and liquid RTD was obtained. The injection
system was similar to that described in earlier works
[10] while the monolith CDC used was described in
Section 2.1.

3. Results and discussion

3.1. Hydrodynamics and mass transport

Previous studies of Taylor flow[13–15] and mass
transfer of H2 in a monolith channel indicated that the

latter can be described by the following:

(a) Gas to wall via liquid film:

N1A1 = k1A1(C
∗
H2

− CH2,S) (1)

(b) Liquid plug to wall:

N2A2 = k2A2(CH2 − CH2,S) (2)

(c) Gas plug to liquid plug:

N3A3 = k3A3(C
∗
H2

− CH2,S) (3)

At steady state if the transfer rate from gas plug to
liquid plug is the same as the liquid plug to wall, then

NAT =
[
k1A1 + k2A2k3A3

k2A2 + k3A3

]
(C∗

H2
− CH2,S) (4)

If gas–liquid mass transfer is only 12% of liquid plug
to wall [13], then

R1 = NAT = (k1A1 + 0.107k2A2)(C
∗
H2

− CH2,S) (5)

where the mass transfer coefficients are given by

k1 = DH2

δf
(6)

and

k2 = ShDH2

dh
(7)

and other relevant parameters were calculated via the
following:

Sh = 1.5 × 10−7Re1.648Sc0.177
(

δf

dh

)−2.338

(8)

δf = 0.18dh�1 − exp(−31Ca0.54)� (9)

Finally, the surface concentration of hydrogen from
Eq. (5)was used to estimate the diffusional resistance:

XLS = C∗
H2

− CH2,S

C∗
H2

× 100 (10)

Table 3shows the transport parameters assuming Tay-
lor flow for the monolith block for which the reaction
rate units are not identical to those inTable 4.
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Table 3
Transport parameters for the Pd–monolith catalysta

Temperature (◦C) R1 (kmol H2/(m3 s)) C∗
H2

(kmol/m3) k1 (m/s) k2 (m/s) CH2,S (kmol/m3) XLS (%)

35 5.1× 10−5 2.67 × 10−3 3.14 × 10−4 9 × 10−7 2.46 × 10−3 8.0
45 8.98× 10−5 2.66 × 10−3 4.19 × 10−4 1.6 × 10−7 2.38 × 10−3 10.0
55 1.24× 10−4 2.62 × 10−3 5.66 × 10−4 3.1 × 10−7 2.33 × 10−3 11.0

a P = 304 kPa; solvent= M; σ = 47.2×10−3 N/m; Uls = 0.0162 m/s;Ub = 0.0171 m/s;dh = 0.00055 m;A1 = 1.67 m2; A2 = 1.11 m2.

Table 4
Mass transport characteristics for slurry CDC reactor (T = 35◦C)

Pressure (kPa) Solvent R1 (kmol H2/(m3 s)) kSL (m/s) C∗
H2

(kmol/m3) CH2,S (kmol/m3) XLS (%)

203 H2O 7.5 × 10−6 4.5 × 10−2 1.304× 10−3 1.293× 10−3 0.89
304 M 4.1× 10−5 0.00918 2.67× 10−3 2.65 × 10−3 0.76

Liquid–solid mass transfer coefficients (kSL) were
also calculated for slurry CDC reactors using suitable
forms of the Frössling equation as follows:

Sh = kSLdp

DH2

= 2 + 3.98Re1/4
p Sc1/3 (Rep > 10 000) (11)

Sh = 2 + 0.089Re2/3
p Sc1/3 (Rep < 10 000) (12)

Liquid properties were employed to calculateRep for
reasons explained elsewhere[8–10]; a meankSL was
used for the whole reactor. A detailed explanation can
be found in[9]. Transport parameters found for slurry
CDC reactor are listed inTable 4.

As observed in earlier studies[9], the XLS value
for the slurry CDC reactor is very small (<1%). The
monolithic CDC reactor compares favourably with the
slurry CDC reactor and this is supported by apparent
energy of activation values which were 55.3±1 kJ/mol
(slurry CDC) and 47.3 ± 1 kJ/mol (monolith CDC),
both indicating surface reaction rate control.

3.2. Kinetics

The effect of hydrogen partial pressure on initial
reaction rates was studied in the monolithic CDC in
the hydrogen partial pressure range of 0–355 kPa at a
temperature of 308± 1 K. A linear relationship with
positive slope was observed suggesting the reaction to
be first order with respect to hydrogen partial pressure.

Analogous measurements made for slurry CDC and
STR resulted in a similar observation.

The effect of initial B concentration on the initial
rate (R1) was investigated at 308 K and 305 kPa in the
three reactors. It was found that in the slurry CDC and
STR the reaction rate decreased with increase in B
concentration indicating a substrate inhibited kinetics,
while the opposite trend occurred in the monolithic
CDC reactor. Such differences can be inferred from
the reaction order (m) with respect to B, beingm deter-
mined by means of a convenient graphical procedure
(Fig. 2).

It is interesting to observe (Table 5) that the re-
action rate only in the monolith CDC reactor is

Fig. 2. Determination of selective hydrogenation of B to C reaction
order with respect to B.
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Table 5
Power law rate expressions for 2-butyne-1,4-diol hydrogenationa

Reactor Rate expression

Monolith CDC R1 = wkC1.0
H2

C0.37
B

Slurry CDC R1 = wkC1.0
H2

C−0.24
B

STR R1 = wkC1.0
H2

C−0.52
B

a T = 35◦C; PH2 = 0–304 kPa (monolith CDC),PH2 =
0–304 kPa (slurry CDC),PH2 = 101–608 kPa (STR).

related by a positive order with the variation of
2-butyne-1,4-diol concentration. Even in the literature
the only non-negative order reported was zero[16] in
a reaction using Raney nickel catalyst which is less
active compared with palladium.

3.2.1. Kinetic model
The hydrogenation of B is relatively slow and at the

temperature at which kinetics were measured (308 K),
the apparent energy of activation lay in the range of
46–54.5 kJ/mol, which is what may be expected for
a surface reaction rate controlled hydrogenation of an
alkyne. Also, transport calculations (Tables 3 and 4)
indicated that the surface concentration of hydrogen
was almost the same as that in the bulk solution, again
indicating that the reaction was surface reaction rate
controlled and that the mass transfer limitations can
be eliminated. Considering the above, the reaction was
analysed for the three reactors based upon a dual-site
Langmuir–Hinshelwood (L–H) mechanism, giving a
rate equation of the form:

R1 = krCH2,SCB,S

(1 + KHCH2,S + KBCB,S)2
(13)

The above does not necessarily imply that a
Rideal–Ely mechanism occurs (i.e. reaction via non-
adsorbed dihydrogen). The simultaneous (addition of
two atoms of adsorbed hydrogen) or the sequential
(addition of two atoms of hydrogen) to B and to its
half-hydrogenated state would give the same mathe-

Table 6
Kinetic parameters derived from non-linear least squares regression

Reactor C∗
H2

× 104 (kmol/m3) kr ((m3)2/(kmol kgPds)) KH (m3/kmol) KB (m3/kmol) SSR (kmol/(kgPds))

Monolith 26.73 0.3061± 4 × 10−4 0.5631± 0.2848 2.58± 1.9 × 10−3 9.97 × 10−11

Slurry 20.65 245.66± 0.72 3.36± 0.72 12.49± 1.8 × 10−2 1.17 × 10−6

STR 6.5 114.53± 0.07 2.69± 0.45 27.66± 9.6 × 10−3 4.74 × 10−9

matical result. Hence the above represents a “lumped
parameter” approach and in any case, other mod-
els gave negative values ofKH and KB parameters
on calculation. The parameterskr, KH and KB were
estimated via a non-linear least squares regression
analysis, for which the sum of squares (SSR) of the
difference between the observed and predicted rates
was minimised by the Marquardt method[17] for
each reactor. The estimated parameters are shown in
Table 6with their corresponding confidence interval
calculated considering a confidence level of 95%.
These parameters gave good agreement for the rates
from the L–H and the experimental rates (Fig. 3). It
can be observed that the confidence interval for the
parameterKH mainly for the monolith CDC, is large
compared with its actual value. Precise parameter
estimation would have required that the experimental
variables, i.e.,CH2,S and CB,S were varied simulta-
neously. Although the mathematical model generates
values ofkf , KH andKB, the parameters in the L–H
model are products ofKH, KB, CH and CB, so that
the variation ofKH and KB as a function of reactor
environment may be apparent, because there is no
means of knowingCH2,S andCB,S precisely and the
real influential parameters are the productsKHCH2,S
and KBCB,S. It is also obvious thatKH and KB will
be constant at a given temperature, since they are
equilibrium constants and should not vary from one
reactor to another, but the surface populations (θH and
θB) will be a function ofKH, KB, CH2 andCB. CH2

andCB could vary even though transport limitation is
negligible and also, therefore,θH andθB.

In this case, althoughCH2,S andCB,S are assumed
to be the same as their bulk solution values, if the char-
acteristics of the reactor are such that hydrogen avail-
ability on the surface is enhanced thenCH2,S/CB,S
may increase, thus increasing the fractional surface
coverage of hydrogen (θH). The ratio of surface cover-
ageθH/θB will be given byKHCH2,S/KBCB,S, so that
if the reactor/catalyst combination gives rise to dif-
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Fig. 3. Rate vs. 2-butyne-1,4-diol concentration in monolith CDC, slurry CDC and STR reactor.

ferentθH/θB values, then kinetics can vary. This type
of effect was reported previously[18,19] for a STR
and slurry CDC reactor respectively and by Moulijn
[20], who attributed such observed effects to modified
surface concentration. These effects can therefore oc-
cur and are not a function transport effects. It is well
known that heterogeneous reactions can change order
over a concentration range of a specific reactant (A)
due to changes in fractional surface occupation (θ ) of
A, so that depending upon the bulk concentration of
a specie the order can change from one (low concen-
tration) to zero (high concentration) to and, of course
at high concentrations, there is the possibility of neg-
ative orders due to very strong adsorption.

The slurry CDC has a kinetic performance lying be-
tween the monolith CDC and STR reactors, but it is a
very efficient mass transfer device (Table 4) and it has
been reported elsewhere that Pd/C catalysts may give
rise to enhanced mass transfer coefficients (kSL) due
to carbon particles adhering to the gas bubble–liquid
interface[8,21] in a very turbulent regime, particu-
larly at the inlet. This will result in shorter diffusion
paths and enhancement of hydrogen concentration at
the catalyst surface.

It was also observed that while the apparent ac-
tivation energy in the STR was 46–50 kJ/mol at
the lower temperatures (293–308 K), it decreased to
33–38 kJ/mol at higher temperatures (308–338 K) in-

dicating the presence of more significant diffusional
control in the STR when the hydrogenation rate of B
increased significantly. Furthermore, the use of a fixed
bed CDC reactor give rise to relatively low apparent
activation energy values in the range 25–46 kJ/mol,
depending on the intensity of gas–liquid-catalyst
contact[22].

The above (L–H) model also allowed quite a reason-
able prediction of product distribution (Fig. 4). This
was obtained by solving numerically (Runge Kutta 4th
order method) the following equations

−dB

dt
= krKHKBCH2,SCB

(1 + KHCH2,S + KBCB)2
(14)

dC

dt
= krKHKBCH2,SCB

(1 + KHCH2,S + KBCB)2
(15)

3.2.2. Selectivity measurements
Selectivity (S) to C was very high, both in the case

of the slurry CDC and monolith CDC reactor was in
the range 0.980–0.993 at conversion of B approach-
ing 100%. The STR gave selectivities in the range
0.90–0.95. Selectivity values are shown inTable 7.

3.2.3. RTD studies
Monolith and slurry CDC reactors have an element

of plug flow characteristic and this has been reported
for the slurry CDC reactor[23]. In the case of the



398 J.M. Winterbottom et al. / Catalysis Today 79–80 (2003) 391–399

Fig. 4. Product distribution for different reactors.

Table 7
Selectivity (S) for hydrogenation of B to Ca

Reactor w (kg/m3) Solvent Selectivity (S) to C at
95% conversion of B

Monolith 2.2068/bed M 0.979
Slurry 0.1 M 0.975

H2O 0.960
STR 4 H2O 0.9000

a T = 35◦C; CB = 0.23 kmol/m3; M = 30% (v/v)
2ProH–H2O.

monolith CDC reactor, Taylor flow of gas and liq-
uid was assumed and later confirmed[24] and RTD
measurements indicated laminar flow, with a stagnant
wall film suggested by the tail of the distribution curve

Fig. 5. RTD for monolith CDC.

(Fig. 5). The reaction rate per unit volume of reactor
was greater for the monolith CDC reactor and selec-
tivity to the product C was significantly greater for
the monolith and slurry CDC reactors compared with
the STR, probably because the former reactors pos-
sessed some plug flow characteristics, while STR is
well mixed. However, until a precise knowledge of the
hydrodynamics is available, the effect of dispersion
cannot be included in product distribution modelling.

4. Conclusions

It is concluded that the monolith CDC reactor pos-
sesses some very distinct and promising advantages
compared with the other reactor forms, with low trans-
port resistances and no catalyst separation problems.
Concentration profiles may be quite complex along
the channels and significantly different kinetic perfor-
mance was observed. A monolith CDC is comparable
with the slurry CDC reactor particularly in the selec-
tive production of C.
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